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Abstract
Resistance to fouling is often cited as an advantage of emerging desalination technologies
such as forward osmosis and membrane distillation over the widely-used reverse osmosis
process. However, the nature and magnitude of differences in fouling behavior between
these three processes are not well characterized. This study directly compares the fouling
and scaling behavior of reverse osmosis (RO), forward osmosis (FO), and direct contact
membrane distillation (MD) in the same membrane module under identical hydrodynamic
conditions (flux and cross-flow velocity). Fouling experiments were conducted using calcium
sulfate as a model inorganic foulant and alginate as a model organic foulant. Although all
three processes tolerated some degree of feed supersaturation for 36 h without inorganic
fouling (scaling), FO exhibited the greatest scaling resistance, withstanding a feed of 33±2
mM CaSO4 without significant flux decline. Scaling occurred at similar concentrations at
the membrane between MD and RO; however, while MD tolerated a more concentrated bulk
feed due to reduced concentration polarization, flux decline after fouling was considerably
more severe in MD. In contrast, MD tolerated organic fouling much better than FO or RO:
despite accumulating a similar quantity of alginate gel over 18 h of operation, flux declined
only 14% in MD versus 46–47% in RO and FO. These results are explained with respect
to differences in temperature, membrane materials, and transport mechanisms between the
three processes. Although FO and MD each exhibited superior resistance to one type of
foulant, neither process outperformed RO in resistance to both organic and inorganic fouling.
These findings inform a more nuanced approach to process selection for the treatment of
complex water sources.
Keywords: desalination, forward osmosis, fouling resistance, membrane distillation,
reverse osmosis
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Nomenclature
a Activity [-]
C Concentration [mol/m3]
C0 Final flux loss [-]
cp Specific heat capacity at constant pressure [J/kg-K]
Dh Channel hydraulic diameter [m]
Ds Salt diffusion coefficient [m
2/s]
∆G∗ Gibbs energy barrier for nucleation [J]
h Average heat transfer coefficient [W/m2-K]
hfg Latent heat of vaporization [J/kg]
Jw Average water flux [m/s]
k Thermal conductivity [W/m-K]
k Average mass transfer coefficient [m/s]
kB Boltzmann constant [J/K]
Ksp Solubility product [-]
l Channel length [m]
N Number density of molecules [m−3]
P Pressure [Pa]
Pv Vapor pressure [Pa]
Q′ Heat transfer per unit width [W/m]
R Universal gas constant [J/mol-K]
T Temperature [K]
tind Nucleation induction time [s]
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v Bulk cross-flow velocity [m/s]
Vm Molar volume of liquid water [m
3/mol]
Greek
δ Thickness [m]
µ Dynamic viscosity [Pa-s]
ν Kinematic viscosity [m2/s]
ρ Density [kg/m3]
τ Time constant [s]
Dimensionless numbers
GzH Heat transfer Graetz number [-]
GzM Mass transfer Graetz number [-]
Nu Average Nusselt number [-]
Pr Prandtl number [-]
Re Reynolds number [-]
Sc Schmidt number [-]
Sh Average Sherwood number [-]
SI Saturation index [-]
Subscripts
b Bulk liquid
f Feed
in Inlet
m Membrane
out Outlet
3
p Permeate
w Water
Acronyms
CTA Cellulose triacetate
DCMD Direct contact membrane distillation
FO Forward osmosis
ICP Internal concentration polarization
MD Membrane distillation
RO Reverse osmosis
TFC Thin-film composite
1. Introduction
Membrane fouling is a major challenge in the long-term operation of reverse osmosis (RO)
desalination systems. The need for better resistance to fouling is often used to justify the
development and use of desalination processes with lower energy efficiency, particularly when
desalinating water sources considered to have high fouling potential. Membrane distillation
(MD) and forward osmosis (FO) are claimed to be more fouling-resistant (see, e.g., Refs.
[1, 2, 3]) than the widely used reverse osmosis (RO) desalination process, but they are
usually not as energy-efficient [4, 5, 6, 7]. Therefore, these desalination systems should be
directly compared to understand how (and how much) their fouling behaviors differ. While
fouling has been studied extensively in RO, FO, and MD systems individually, the present
study undertakes the first direct comparison of fouling behavior between MD, RO, and FO
operated under identical hydrodynamic conditions.
Figure 1 illustrates the working principles of RO, FO, and MD systems. RO desalination
uses high hydraulic pressure (typically between 10 and 0 bar), to overcome the osmotic
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Figure 1: Schematic diagram of the operating conditions of desalination membranes in the systems consid-
ered: reverse osmosis (RO), forward osmosis (FO), and direct contact membrane distillation (MD). Thick
arrows indicate high hydraulic pressure in RO and fine arrows indicate water flux through the membrane.
pressure of the feed and drive nearly-pure water through a semipermeable membrane whose
pores have radii on the order of 0.25 nm [8]. FO desalination uses membranes with a
similar pore-size as RO, but FO uses a draw solution of high osmotic pressure to pull water
through the membrane without the application of high hydraulic pressure to the feed. For
an FO system to produce pure water, an energy-intensive draw regeneration step is required
[5]. Direct contact MD (DCMD) is a simple and relatively efficient configuration of MD in
which a microporous, hydrophobic, vapor-filled membrane is in direct contact with both a
hot feed and cooler permeate, as described in Refs. [9, 10, 11]. Water evaporates on the
feed side of the MD membrane’s pores and condenses on the permeate side. Of all the MD
configurations, DCMD was chosen to represent MD in this study because, as in RO and
FO, the membrane is in contact with liquid on both sides. In each system, the flux of water
from the feed bulk toward the membrane drags with it dissolved solutes, suspended solids,
and microbes, which can accumulate near the membrane surface, forming a fouling layer
and degrading membrane performance.
MD and FO are generally thought to be more fouling-resistant than RO, but no experi-
ments have been conducted to directly compare MD to either RO or FO. Although MD is
frequently portrayed as a fouling-resistant process, reasons for this are poorly understood
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and sometimes not discussed [12, 13]. A recent review [3] demonstrates that concerns about
fouling on MD membranes have historically been dismissed because of low system pressure,
relatively large pore size and membrane hydrophobicity. FO has been directly compared
to RO in several studies including Refs. [2, 14, 15, 16, 17, 18, 19, 20], which have generally
found that FO exhibits slower flux decline and is easier to clean. The smoothness and surface
chemistry of cellulose triacetate (CTA) membranes as well as the low-pressure operation of
FO are typically associated with its fouling resistance. Section 2 explores how membrane
properties and operating conditions in RO, FO, and MD desalination systems affect fouling
behavior.
In this study, we experimentally compare the fouling propensity of RO, FO, and DCMD
using a single cross-flow desalination cell that can be configured for any of the three processes.
Flow rates and initial permeate fluxes are kept constant across trials, but each process is
operated at its typical operating temperature and pressure. Calcium sulfate is used as a
model inorganic foulant and sodium alginate is used as a model organic foulant. Our findings
indicate that FO tolerates a significantly higher calcium sulfate concentration without scaling
than RO or MD. When scaling does occur, MD exhibits the most rapid flux decline. MD
shows significant resistance to organic fouling with alginate relative to FO and RO, both of
which perform similarly. Observed differences in fouling behavior are discussed in relation to
the differing membrane properties and operating conditions of RO, FO, and MD desalination
systems.
2. Literature review: Effects of membrane properties and operating conditions
on fouling behavior
RO, FO, and MD all use polymer membranes, but these membranes differ in chemical
composition, surface roughness, pore size, support structure, and solvent transport mech-
anism. Effects of membrane surface properties on fouling are discussed in Sec. 2.1. The
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more subtle effects of the support layer structure and mechanism of solvent transport are
discussed in Sec. 2.4.
Differences in standard operating conditions between RO, FO, and MD may also affect
fouling behavior. Transmembrane flux is a major driver of fouling due to its advection of
foulants toward the membrane and compression of some foulant cakes. For that reason, ini-
tial flux is kept constant within each set of trials (inorganic and organic fouling) conducted
in this study. However, fouling propensity may also be affected by two other operating
conditions that inherently differ between these desalination processes: pressure and temper-
ature. The effects of pressure and temperature on fouling are discussed in Secs. 2.2 and 2.3,
respectively.
2.1. Effect of membrane surface properties
Membrane scaling risk depends on the residence time of the feed in the desalination
system and the nucleation induction times of supersaturated solutes in the feed [21], which
are related to membrane wettability [22]. Nucleation induction time, tind, is related to the
concentration, temperature, and Gibbs energy barrier for nucleation (∆G∗), which depends
on the degree of supersaturation and the surface energy of the solution–membrane, solution–
crystal, and crystal–membrane interfaces [22]. According to classical nucleation theory [23]:
tind ∝ 1
N
exp
(
∆G∗
kBT
)
, (1)
where N is the number density of molecules, kB is the Boltzmann constant, and T is the
absolute temperature [24]. Notably, the energy barrier ∆G∗ for heterogeneous nucleation on
surfaces is substantially larger for low energy surfaces, which tend to be hydrophobic [22].
Therefore, more hydrophobic surfaces such as MD membranes should have longer induction
times and be more resistant to gypsum nucleation [22] than surfaces like the polyamide active
layer of thin-film composite (TFC) RO membranes, which are hydrophilic [25]. Water-in-air
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contact angle measurements for the active layers of the membranes used in this study are
provided in Table 1. For a detailed analysis of the effect of surface wettability on nucleation
induction time and scaling propensity, see Ref. [22].
Table 1: Static contact angle of water in air on desalination membrane polymers
System Material Contact angle Source
MD Polyvinylidene fluoride (PVDF) 125◦ [22]
FO Cellulose triacetate (CTA) 74.6◦ [26]
RO Polyamide 32◦ [27]
In an experimental study of gypsum fouling on FO membranes with different active layer
materials, Mi and Elimelech [20] found that CTA membranes with gypsum scaling were more
easily cleaned compared to polyamide membranes. They found that the adhesion energy
between gypsum and cellulose acetate is lower than gypsum and polyamide (polyamide being
commonly used in the active layer of RO membranes), a difference which they attribute to
complexation of the Ca2+ in gypsum with the carboxyl groups present on the surface of
polyamide membranes. They hypothesize that this difference in adhesion energy leads to
crystallization directly on polyamide membranes, whereas crystals form in the bulk when
using cellulose acetate membranes under similar conditions.
The fouling behavior of MD membranes is also affected by the presence of large pores
containing air and vapor. Previous studies have found that the formation of air layers on MD
membranes affects fouling and cleaning due to effects of the liquid-air interface on crystal
nucleation and foulant adhesion [22, 28]. Unlike FO and RO membranes, which have sub-
nanometer pores [8] that are smaller than most foulants, MD membranes are susceptible to
foulant accumulation inside their pores. The relatively large pores of MD membranes allow
pore wetting (entrance of feed solution into the pores), which can lead to solute permeation
and a significant decline in permeate quality[29, 30]. However, MD’s large pores also permit
scaling removal by air backwashing [31].
8
2.2. Effect of pressure
MD and FO are often considered to be less prone to fouling than RO because of their
low operating pressure [2, 3, 14, 15, 16]. However, theoretical modeling has shown that
pressure alone does not affect fouling with incompressible foulants [16] such as inorganic
scalants (e.g., gypsum) or hydrogel-forming polysaccharides (e.g., alginate [32]). Direct
experimental comparisons at fixed flux between RO, FO, and pressurized FO have shown
that operating these membrane systems at lower feed hydraulic pressure and higher draw
osmotic pressure improves the susceptibility of the membranes to cleaning [2, 14, 15, 16].
However, a similar comparison of FO operated at low and high hydraulic pressure with
the same flux and draw solution concentration showed no effect of pressure on flux decline
rate or cleaning effectiveness [33, 34]. Previous studies [2, 14] have also hypothesized that
the low operating pressure of FO allows the foulant layer to be more easily broken up
during cleaning. However, our recent studies have shown through in situ visualization that
feed hydraulic pressure does not significantly affect mechanisms of alginate fouling removal
[17, 33].
2.3. Effect of temperature
Temperature affects scaling by altering solubility, crystallization kinetics, and concen-
tration polarization. Gypsum increases in solubility with temperature until around 50 ◦C,
after which its solubility begins to decrease [35]. Although calcium sulfate is sometimes
considered to have an inverse solubility (solubility that decreases with temperature), its
solubility only declines significantly with increasing temperature above approximately 60
◦C, when crystallization of anhydrite (CaSO4) begins to outpace crystallization of gypsum
(CaSO4·2H2O) [35]1. Although the gypsum saturation concentration does not change sub-
stantially over the 20–60 ◦C temperature range [35] used in this study, systems will be
1The exact temperature at which gympsum and anhydrite are equally soluble in water is not established,
but lies between approximately 42–60 ◦C [35]. However, the “extremely slow crystallization kinetics of
anhydrite in aqueous solutions at temperatures below 70◦C” [35], which have precluded precise determination
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compared in terms of both scalant concentration and saturation index (defined in Eq. 3)
to account for temperature-related differences in solubility. Increasing temperature also
decreases the nucleation induction time at a given saturation index [36, 37, 38], thus accel-
erating scaling. The maximum calcium sulfate concentration that MD can tolerate without
scaling has been shown to decrease with increasing feed temperature [21] due to the reduc-
tion in induction time with increasing temperature. On the other hand, diffusion coefficients
increase with increasing temperature, reducing concentration polarization and thus reducing
the scalant concentration at the membrane for a given feed concentration, flux, and cross-
flow velocity. MD, therefore, has the advantage of reduced concentration polarization due
to its elevated temperature.
Temperature also affects organic fouling. Kim et al. [39] experimentally tested the effect
of feed and draw temperature on alginate fouling in FO, and they found that high feed tem-
perature improves antifouling performance by raising the diffusion coefficient of alginate,
thereby facilitating alginate transport away from the membrane. High temperatures may
also affect organic fouling through denaturation of proteins or depolymerization of polysac-
charides, but alginate does not appear to depolymerize at temperatures up to 80 ◦C [40].2
Furthermore, due to the proportionality between trans-cake hydraulic pressure drop and
water viscosity [41], the decrease in water viscosity that accompanies increasing tempera-
ture should reduce the hydraulic pressure drop (which is caused by drag) through a given
foulant cake. Overall, higher temperature should reduce the severity of organic fouling with
alginate, the model organic foulant used in this study.
of the transition temperature, reduce the likelihood of anhydrite scaling in low-temperature desalination
processes such as those used in this study.
2At the temperatures used in this study (up to 70 ◦C at the membrane module inlet), alginate gelation
should therefore be possible. We determined that alginate gel does not melt in the MD temperature range
used in this study by immersing a piece of alginate gel in water above 70 ◦C for 10 minutes and boiling the
gel for 5 minutes, after which the gel remained intact.
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2.4. Effect of water transport mechanism
It is important to consider the mechanisms of water transport in RO, FO, and MD3
because mechanisms of trans-membrane water transport affect foulant deposition patterns
as well as the effect of foulant accumulation on water production. In FO and RO, water
transport is driven by the hydraulic–osmotic pressure difference, ∆P −∆pi, where ∆P is the
difference in pressure between the feed and draw or permeate sides of the active layer, and
∆pi is the difference in osmotic pressure between the feed and draw or permeate sides [44].
RO has high hydraulic pressure on the feed side and has atmospheric pressure and negligible
osmotic pressure on the permeate side. However, in FO, pressure is typically atmospheric in
both feed and draw solutions, and the draw osmotic pressure is high. The porous support
layer of the FO membrane has significant mass transfer resistance [45], which causes internal
concentration polarization (ICP) and limits the osmotic pressure difference across the active
layer of the membrane. Flux in MD is driven by a vapor pressure difference across the
hydrophobic membrane’s pores, wherein the vapor pressure on the feed side is higher due
to the elevated temperature of the feed. The vapor pressure is also influenced by the feed
solute concentration and, to a lesser extent, the hydraulic pressure [46]. Refer to She et al.
[42] for details of water transport in FO and RO and Summers et al. [43] for a more detaled
explanation of water transport in DCMD.
She et al. [42] review flux decline mechanisms due to membrane fouling in osmotic mem-
brane desalination processes, including RO and FO. Although MD does not involve osmosis,
some of their findings apply to MD fouling because MD membranes are also salt-rejecting.
The formation of a porous cake on the surface of any desalination membranes causes flux
decline through cake-enhanced concentration polarization, which raises the osmotic pressure
at the membrane. It also causes hydraulic drag, which lowers the hydraulic pressure at the
3Refer to She et al. [42] for details of water transport in FO and RO and Summers et al. [43] for a more
detaled explanation of water transport in DCMD.
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membrane. At the low feed concentrations used in this study, the dominant driver of flux
decline due to alginate fouling is hydraulic drag [18]. In the case of MD fouling, both cake-
enhanced concentration polarization and, to a lesser extent, hydraulic drag have the effect of
reducing the vapor pressure at the membrane [46, 47, 48]. Because a temperature difference
exists between the feed and permeate, MD is also susceptible to cake-enhanced temperature
polarization [3], i.e., fouling layer thermal resistance.
The effect on flux of a particular foulant cake depends on the mass transfer resistance
through all layers of the membrane. Flux tends to decline more slowly in FO than in RO,
even at the same initial flux, due to the effect of ICP on the overall mass transfer resistance
of an FO membrane [18, 19, 42]. Heat and mass transfer through a fouled MD membrane
has not, to our knowledge, yet been modeled, but we expect that the effect of foulant
accumulation on flux decline in MD will differ from RO and FO because of the different
transport mechanisms and resistance of the membrane.
The effect of hydraulic pressure drop through the foulant layer on the magnitude of the
water transport driving force is different in MD than in RO or FO because of the differing
effects of hydraulic pressure on water permeation. Water permeation is driven by a vapor
pressure difference in MD and a hydraulic-minus-osmotic pressure difference in RO and FO.
The hydraulic-minus-osmotic pressure differences across the active layers in RO and FO are
on the order of tens of bars, so each bar of hydraulic pressure drop through the fouling layer
has a significant effect on flux in RO and FO. In MD, the effect of hydraulic pressure on
vapor pressure (and thus water flux) is weak, but not nonexistent [46, 47, 48]. The hydraulic
pressure drop through a layer of hydrophilic foulant such as alginate gel reduces the pressure
on the liquid side of the liquid-vapor interface, which occurs where the gel faces a membrane
pore opening. This interfacial pressure difference leads to a concave interface with a lower
vapor pressure. The difference in vapor pressure4, ∆Pv, caused by an interfacial pressure
4Relative to the vapor pressure of an identical solution at the same temperature with a flat interface.
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difference (equal, in this case, to the hydraulic pressure drop through the foulant layer), ∆P ,
is [49]:
∆Pv ' ∆P
(
PvVm
RT
)
, (2)
where Vm is the molar volume of liquid water, R is the universal gas constant, and T is the
absolute temperature at the meniscus. Evaluating Eq. 2 at 60 ◦C, the ratio ∆Pv/∆P =
1.3× 10−4, so the change in vapor pressure at the membrane due to fouling is much smaller
than the hydraulic pressure drop through the foulant. In MD, the vapor pressure difference
that drives permeation is on the order of 0.1 bar, so a pressure drop of 1 bar through the
foulant layer would lead to a change in vapor pressure driving force of approximately 0.1%,
according to Eq. 2. As a result of the weak dependence of vapor pressure on liquid pressure,
foulant hydraulic resistance is not as important in MD as it is in RO or FO.
3. Methods
Fouling behavior was compared between RO, FO, and DCMD processes using the same
membrane module at the the same initial flux and cross-flow velocity. Each process was
operated within a typical range of temperatures (20–25 ◦C for RO and FO; for MD, 60
◦C in the feed and 20 ◦C in the permeate loop5) and pressures (0 bar for FO and MD;
13.75–27.5 bar for RO) for that technology. To compare the systems in terms of tolerance
of supersatuated solutions without scaling, the calcium sulfate feed concentrations at which
scaling began to occur in each system were identified by conducting separate 36 h trials with
different feed concentrations. Concentration and saturation index at the membrane were
estimated from bulk properties using the heat and mass transfer models summarized in Sec.
3.3. The organic fouling propensity of the three processes was compared by recording the
rate of flux decline during 18 h of operation with the same concentrations of sodium alginate
5One MD trial (27 mM CaSO4) had a particularly low initial flux, so the permeate-side temperature was
reduced from 20 ◦C to 18 ◦C to augment flux slightly without significantly changing feed conditions.
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Figure 2: Schematic diagram of experimental apparatus that can be operated as RO, FO, or DCMD.
Liquids, wires, and nitrogen gas, are denoted by blue, black, and brown lines, respectively. Dashed blue
lines represent flows present only in FO or DCMD. Figure adapted from Ref. [18] to reflect modifications to
the apparatus as used in this study.
and calcium chloride. The conditions of all experimental trials are listed in Appendix A.
3.1. Apparatus
Membranes were held in a plate-and-frame module within an experimental apparatus
(Fig. 2) that could be operated as RO, FO, or DCMD. Both the feed and draw/permeate
channels of the membrane module were 1 mm deep, 80 mm long, and 30 mm wide. Trans-
membrane flux was driven by high feed pressure in RO, high draw solution osmotic pressure
in FO, and high feed temperature (and thus vapor pressure) in DCMD. Temperature, cross-
flow velocity, and feed pressure were controlled while permeate (or draw) mass was recorded
to calculate flux and determine the degree of fouling.
The RO and FO configurations of the apparatus used in this study have been described
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in detail elsewhere [18]. The DCMD configuration was similar to FO, except that the draw
was replaced with a cold permeate flow loop, and the feed was heated to drive flux through
the MD membrane. In DCMD, the permeate flow loop was initially filled with deionized
water that had been partially degassed to prevent disruption of the flux measurement by
outgassing. Feed temperature was controlled using an in-line cartridge heater based on
feedback from a thermocouple downstream of the membrane module. Permeate temperature
was controlled using a cooling coil and a thermocouple submerged in the permeate tank.
After each MD experiment, the cartridge heater was removed and any accumulated scale
was scraped off.
In all configurations, a 2 µm (nominal) cartridge filter was used to prevent large crystals
from entering the membrane module and causing premature scaling, as demonstrated in
Ref. [50]. Flux was calculated from the change in draw/permeate mass over time, which
was measured with an Ohaus Scout Pro digital scale, using the RealTerm software package
for data aquisition. The mass displaced by the submerged cooling coil and draw/permeate
inlet and outlet were accounted for in the FO and MD flux measurement. Draw/permeate
mass was recorded every second, but flux was calculated from the change in mass over
longer periods. RO and FO fluxes were reported every 15 minutes from the change in
draw/permeate mass during that time period. In MD, fluctuations in permeate production
necessitated a longer water production time, so MD flux was reported every 15 minutes
based on the change in permeate mass during the previous 30 minutes. Flux measurement
uncertainties for this experimental apparatus have been analyzed and reported previously
[18].
Commercially-available membranes were used in all three systems. A new membrane
sample was used for each trial. RO trials used polyamide thin film composite membranes
(Dow FILMTEC SW30HR) designed for seawater applications. In FO, a cellulose triac-
etate FO membrane (Hydration Technology Innovations CTA-ES) was used. RO and FO
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membranes were prepared by soaking in 50% ethanol, 50% water mixture for 5 minutes and
in deionized water for at least 30 minutes. The MD membranes were hydrophobic PVDF
(Millipore ISEQ00010) with a nominal pore size of 0.2 µm and a water contact angle of 125◦
[21]. No spacers were used in the feed channel.
3.2. Fouling procedure
First, the system (RO, FO, or DCMD) was allowed to run free of foulants until reaching
a steady permeate flux. Feed velocities were initially maintained above 10 cm/s. For the
organic fouling tests, 50 mM sodium chloride was added to the feed tank to provide a baseline
feed salinity. In DCMD, the feed stream was raised to the desired temperature (60 ◦C at
the feed channel outlet) while the cold stream was maintained at 20 ◦C. In RO, the pressure
was adjusted to achieve the desired initial flux. In FO, a draw solution of sodium chloride
in deionized water is used to drive flow, and the sodium chloride concentration is adjusted
until the desired initial flux is achieved. Each system was run for at least 2 h and until a
steady flux was reached before adding foulants.
To instigate inorganic fouling, the feed was brought to supersaturation with calcium sul-
fate. As in Ref. [21], supersaturated calcium sulfate feed solution was prepared by adding
concentrated calcium chloride solution and concentrated sodium sulfate solution (made by
dissolving ACS-grade powders from Sigma-Aldrich and EMSURE, respectively, in deion-
ized water) at least ten minutes apart. As a result of the salts used, the Na+ and Cl−
concentrations in each feed solution were equal to twice the calcium sulfate concentration.
After chemical addition, the feed cross-flow velocity was reduced to 5 cm/s to encourage
fouling. In FO and DCMD, the draw/permeate stream was also maintained at 5 cm/s and
the draw/permeate channel was filled with a stack of two non-woven spacers (Sterlitech 17
mil diamond). Once foulants were added, the apparatus was held at constant temperature,
pressure, and flow rate for 36 h or until rapid flux decline clearly indicated that fouling had
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occurred. Feed concentration was maintained within approximately ±5%6 of the desired
concentration by periodically diluting it to its initial volume. For the purpose of comparing
RO, FO, and MD, scaling was determined to have occurred if flux declined to 80% of initial
flux (90% in FO, which generally exhibits slower flux decline while fouling [18, 19]) within
the 36 h trial period.
To instigate organic fouling, concentrated sodium alginate solution (mixed from pow-
dered sodium alginate, Sigma A2033) was added to bring the feed up to a final concen-
tration of 200 mg/L after the system reached a steady flux. Calcium chloride was then
added to bring the feed concentration to 1 mM and encourage gelation of the alginate as it
concentrated at the membrane (see, e.g., [51]). Fouling was carried out for 18 h at constant
temperature, pressure, and flow rate to enable comparison of flux decline rate. After 18±0.5
h, the membrane was removed and a small (approximately 6 cm2) panel was cut from the
active area and lightly blotted with a tissue, using only surface tension to hold the tissue
to the fouled membrane panel. Once blotted, the gel was then peeled off the membrane
with the aid of a razor blade and weighed to determine the gel mass per unit area. After
weighing, the gel was air-dried and weighed again to determine the dry mass.
3.3. Predicting conditions at the membrane
Crystals have the potential to form when the solution is supersaturated with respect to
any salt anywhere in the feed, but crystallization is likely to occur first near the membrane
where, due to concentration polarization, the solution is most concentrated. Therefore,
estimating conditions close to the membrane is necessary to interpret results of the inorganic
fouling trials. With the CaCl2–Na2SO4 mixtures used in this study, calcium sulfate is the
most likely scalant [52]. Gypsum (calcium sulfate dihydrate) is the most likely form of
6In a few highly supersaturated trials, some crystallization occurred in the feed tank, reducing the
feed concentration over time by an unknown amount. However, membrane scaling should precede bulk
crystallization due to the higher solute concentration near the membrane, so the feed concentration at the
onset of scaling should not have been affected by crystallization in the feed tank.
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calcium sulfate to crystallize in the range of temperatures used in this study (20–60 ◦C),
although anhydrite precipitation could potentially occur at the higher temperatures used in
the MD trials [35]. The concentration of calcium sulfate with respect to gypsum saturation
is quantified with the saturation index, SI, which is defined in Eq. 3 (see, e.g., [52]):
SI = log10
(
aCa2+ aSO42− a
2
w
Ksp
)
, (3)
where aCa2+ , aSO42− , and aw denote the activities of calcium, sulfate, and water, respectively,
and Ksp is the solubility product for calcium sulfate dihydrate. When SI = 0, the solution
is saturated with respect to gypsum, and when SI > 0, the solution is supersaturated.
The gypsum saturation index is calculated from ion concentrations (including sodium
and chloride) and solution temperature using the program PHREEQC (USGS [53]) with
the PHREEQC database7. For calculation of the saturation index near the membrane,
where the concentration is highest and crystallization is most likely, the concentration and
temperature near the membrane are determined as described in the following two sections.
3.3.1. Concentration polarization
The calcium sulfate concentration at the membrane can be estimated from film theory.
The recovery ratio (defined as the ratio of permeate flow rate to feed flow rate) of the module
is very low (< 1%), so the bulk concentration can be considered constant throughout the
length of the module. Assuming that calcium and sulfate diffuse together (i.e., neglecting
the effects of sodium and chloride transport on calcium and sulfate transport) and that
all ions are perfectly rejected by the membrane, the average calcium sulfate concentration
at the membrane, Cm, can be expressed as a function of the concentration of the feed at
the module inlet, Cf , average (measured) permeate flux, Jw, and average mass transfer
7SI was also calculated in PHREEQC using the Pitzer database, but the SIs calculated using the two
databases differed by less than 10%, so only values from the PHREEQC database were reported.
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coefficient in the feed, kf , using stagnant film theory
8 (see, e.g., [45]):
Cm = Cf exp(Jw/kf ). (4)
Although the mass transfer coefficient varies along the length of the membrane as the mass
diffusion boundary layer develops, we use an average mass transfer coefficient to characterize
the concentration at the membrane in each coupon-scale test. The average mass transfer
coefficient is calculated from the mass transfer analog of a Nusselt number correlation [55]
for hydrodynamically fully-developed flow between parallel plates with a uniform wall heat
flux:
ShDh =

8.235 + 0.0364GzM GzM ≤ 100
2.236Gz
1/3
M + 0.9 100 < GzM ≤ 1000
2.236Gz
1/3
M GzM > 1000
, (5)
where GzM is the mass transfer Graetz number,
GzM =
(Dh
l
)
ReDhSc, (6)
and where ShDh = kfDh/Ds is the average Sherwood number, Dh is the hydraulic diameter
(approximated as twice the channel thickness due to this channel’s large width:thickness
ratio), l is the channel length, Re = vDh/ν is the Reynolds number, v is the bulk velocity, ν
is the kinematic viscosity of the solution, and Sc = ν/Ds is the Schmidt number, Ds is the
calcium sulfate diffusion coefficient in water. The diffusion coefficient of calcium sulfate at
infinite dilution (used here because of the low feed concentrations used in these experiments)
8Eq. 4 is often derived from a boundary layer transport model without convective terms, i.e., a stagnant
film. However, by transforming the boundary layer equations, Zydney [54] showed Eq. 4 is also applicable
under less restrictive approximations that do account for convection. Rohlfs et al. [55] extended the analysis
to show that the Zydney-transformed equations are analogous to thermal boundary layer equations with
a uniform wall heat flux boundary condition. Consequently, our choice for Sh, Eq. 5, is by analogy to a
Nusselt number for a thermally developing flow with a uniform wall heat flux.
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is calculated from ion diffusion coefficient data from Li and Gregory [56] as 9.11×10−10 m2/s
at 25 ◦C. Calcium sulfate diffusion coefficients at 20 ◦C and 58.5 ◦C (the temperatures at
the membrane on the feed side in the gypsum scaling tests; see Sec. 3.3.2) are calculated
using the Stokes-Einstein equation as 7.98×10−10 m2/s and 1.89×10−9 m2/s, respectively.
3.3.2. Membrane temperature
In RO and FO, the temperature at the membrane is approximately equal to the feed
temperature. However, in DCMD, a temperature difference exists between the bulk liquid
and the liquid at the membrane. Additionally, both sensible heat transfer and evaporation
of water from the feed cause a streamwise temperature drop in the feed. Calculations in
PHREEQC [53] show that gypsum saturation concentration is not strongly dependent on
temperature in the 60 ◦C ± 10 ◦C range, so approximate values of average temperature are
sufficient to predict saturation indices in MD trials.
Near-membrane temperature is modeled with a simplified version of the DCMD model
developed by Summers et al. [43], using the measured average permeate flux rather than
a fitted membrane permeability. In the present simplified model, both permeate flux and
heat transfer coefficients are treated as uniform along the length of the module, and the
calculated temperatures represent approximate average temperatures of the bulk feed and
the feed at the membrane.
Sensible heat is considered to be transferred from the feed to the membrane surface
by convection, through the membrane by conduction, and then to the permeate stream by
convection. Heat fluxes inside and outside the membrane are unequal due to the evaporation
of water at the feed side of the membrane and condensation at the permeate side, as described
by Eq. 7:
hf (T f,b − T f,m) = hp(T p,m − T p,b) = ρpJwhfg + keff,m
δm
(T f,m − T p,m) (7)
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where h is the average heat transfer coefficient, T is the average temperature, ρ is the liquid
density, hfg is the latent heat of vaporization of water, keff,m is the effective membrane
thermal conductivity, δ is the thickness, and subscripts f , p, b, and m denote feed, permeate,
bulk, and membrane, respectively. The equations above can be solved for the average
temperature at the membrane on the feed side by eliminating T p,m:
T f,m =
hf (1 +
keff,m
δmhp
)T f,b +
keff,m
δm
T p,b − ρpJwhfg
hf (1 +
keff,m
δmhp
) +
keff,m
δm
. (8)
The effective membrane thermal conductivity keff,m is estimated to be 0.06 W/m-K using a
porosity of 0.8 [43] and assuming 1-D conduction through a PVDF slab with straight-through
pores containing air. Average heat transfer coefficients in the feed and permeate channels (hf
and hp) are calculated using a Nusselt number correlation for hydrodynamically-developed,
laminar flow between flat plates at constant temperature [57]:
NuDh =
hDh
kw
= 7.54 +
0.03 GzH
1 + 0.016 Gz
2/3
H
, (9)
where GzH is the heat transfer Graetz number,
GzH =
(Dh
l
)
ReDhPr, (10)
and where NuDh is the Nusselt number, kw is the thermal conductivity of water, Pr = cpµ/kw
is the Prandtl number of water, cp is the specific heat capacity of water, and µ is the dynamic
viscosity of water. Because the saturation index is not strongly temperature dependent in
the 60 ◦C range and thus a precise calculation of membrane temperature is not required, the
effect of the non-woven spacers in the permeate channel on the permeate-side heat transfer
coefficient is neglected in this analysis.
The axial temperature changes in the hot and cold channels (∆T ) are also calculated
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to relate the average bulk temperatures in Eq. 8 to the known feed outlet and permeate
inlet temperatures. The flow rates of feed and permeate were set equal in this experiment;
for the purpose of this estimation, we neglect small changes in channel cross-flow rate due
to permeation, differences in density or heat capacity between channels due to temperature
and concentration differences, and heat exchange with the environment through the module
walls. Therefore, the axial decrease in feed temperature, ∆T , is approximately equal to the
increase in permeate temperature. Approximating the heat transfer rate per unit width into
the permeate channel as Q˙′ = hf (T f,b − T f,m)l, the permeate temperature increase is:
∆T =
Q˙′
δcvρpcp
=
hf (T f,b − T f,m)l
δcvρpcp
, (11)
where δcWork(23) = Dh/2 is the channel thickness. The average bulk feed and permeate
temperatures can then be estimated from the measured values at the feed outlet (Tf,out) and
permeate inlet (Tp,in):
T f,b = Tf,out + ∆T/2 (12)
T p,b = Tp,in + ∆T/2 (13)
Equations 8–13 are solved simultaneously in MATLAB to estimate average feed temper-
atures in the bulk and near the membrane. For the experiments conducted in this study,
the estimated average feed temperatures in the bulk and near the membrane were 63.9–64.6
◦C and 58.4–58.6 ◦C, respectively. In this temperature range, the saturation concentration
(calculated using PHREEQC [53]) varies less than 0.4 % per ◦C, which indicates that differ-
ences in SI throughout the channel are primarily driven by concentration polarization, not
temperature variation.
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4. Results
4.1. Inorganic fouling
RO, FO, and DCMD were operated at typical temperatures (20, 20, and 60 ◦C, re-
spectively) with feeds of various concentrations to determine the maximum calcium sulfate
concentration and gypsum saturation index that each system could tolerate without foul-
ing. RO pressure and FO draw concentration were adjusted before fouling to match the
initial fluxes measured in the MD trials. Operating parameters for all trials are included in
Appendix A.
Flux decline measurements for the RO trials at various feed calcium sulfate concentra-
tions are shown in Fig. 3. Flux measurements are normalized by initial flux. Here, the 29
mM RO trial exhibited rapid flux decline and the 24 mM trial showed a transition to rapid
flux decline after approximately 13 h. The delay in the onset of fouling at 24 mM may relate
to the induction time for calcium sulfate nucleation (see, e.g., [36]), which increases as SI
approaches zero. In trials with concentrations of 22 mM and lower, flux declined gradually
during the 36 h of operation, which was most likely due to membrane compaction over time,
as recorded in Ref. [58], rather than external fouling. To ensure that there was no fouling
in these lower-concentration trials, the membrane from the highest-concentration trial that
did not exhibit rapid flux decline (22 mM) was removed after the experiment and allowed to
dry. Visual inspection revealed needle-like crystals only around the edges of the membrane,
where it was clamped into the module. The active area of membrane appeared to be free
of crystals except for small patches of crystal growth near stagnation points at the channel
outlet, and therefore this was considered a non-fouling result. In contrast, RO membranes
examined after exhibiting rapid flux decline in contact with more concentrated feed solutions
had a fairly uniform layer of small crystals on the active area of the membrane, confirming
that the rapid flux decline indicated fouling. The divergence in flux decline rates shown in
Fig. 3, along with examination of membranes after use, show that the transition to signifi-
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Figure 3: Flux decline in RO with various feed concentrations of calcium sulfate (given in the legend). Initial
flux was 19.5±0.2 LMH (L/m2-h). The slow flux decline of the 15–19 mM trials is indicative of membrane
compaction, not external fouling.
cant RO membrane fouling occurred between feed calcium sulfate concentrations of 22 and
24 mM.
Figure 4 shows the normalized flux for all FO trials with calcium sulfate. Here, flux is
normalized by the predicted flux in the absence of fouling using the method outlined in [33] to
account for dilution of the draw solution over time. Flux declined significantly in trials with
at least 36 mM CaSO4 in the feed, whereas no fouling occurred in trials with up to 29 mM
CaSO4 in the feed. Fouling results determined from flux decline were corroborated by visual
inspection of the membranes, which were covered with a loosely-attached layer of crystals
in the 36 mM and 43 mM trials. In the 43 mM trial, which was significantly supersaturated
in the bulk feed, crystallization occurred not only on the membrane, but in the feed tank,
tubing, and instrumentation, clogging a rotameter and causing an increase in feed hydraulic
pressure and the rise in flux around 10 h; when the feed was returned to atmospheric pressure
around 16 h, flux dropped rapidly. From these trials, we determined that the transition to
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Figure 4: Flux decline in FO with various feed concentrations of calcium sulfate (given in the legend).
Initial flux was 19.6±0.6 LMH in all trials. Clogging of a rotameter by crystals caused a pressure spike and
temporary increase in flux from 10-16 h in the 43 mM trial.
fouling in this FO system occurred between feed calcium sulfate concentrations of 29 and
36 mM.
Figure 5 shows the measured flux decline for all MD trials conducted with calcium
sulfate. Flux is normalized by initial flux. Trials with feeds of 29 and 36 mM calcium sulfate
exhibited a dramatic decline in flux within the first few hours, whereas trials with 24 and
27 mM declined less than 10% during the 36 h test period. As with RO, the membrane
was removed and dried after the most supersaturated trial that did not exhibit significant
flux decline (27 mM); again, crystals were largely confined to the clamped region outside
the active area and, to a lesser extent, the channel outlet stagnation point, and this was
considered a non-fouling result. A few individual needles were scattered throughout the
active area; these may have formed during the trial without significantly affecting flux, or
they may have formed while the membrane dried in air after removal from the membrane
module. In contrast, the fastest-fouling membrane was carpeted with crystals when it was
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Figure 5: Flux decline in MD with various feed concentrations of calcium sulfate (given in the legend).
Initial flux was 18.6±2.3 LMH in all trials.
removed after just 3 h. The stark difference in fouling behavior (in terms of both crystal
accumulation and flux decline rate) places the transition to fouling for this MD system
between feed calcium sulfate concentrations of 27 and 29 mM.
Figure 6 shows the relative resistance to calcium sulfate fouling of RO, FO, and MD. The
maximum concentration tolerated by each system without fouling was determined from the
experiments shown in Figs. 3 through 5. The error bars show the range between the highest
concentration that did not foul and the lowest concentration that did foul. The concentration
and saturation index at the membrane, which are larger due to concentration polarization,
were estimated as described in Sec. 3.3.1. The bulk feed concentrations tolerated by each
process are not broadly-applicable because the degree of concentration polarization is specific
to the present apparatus and chosen operating conditions. Because channel thickness and
length have been shown to affect scaling propensity [21] in MD, the values of concentration
and saturation index that can be sustained near the membrane without fouling are specific to
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Figure 6: Maximum (a) calcium sulfate concentration and (b) gypsum SI without fouling in RO, FO, and
MD. SI is defined in Eq. 3 and SI > 0 indicates a supersaturated solution. FO tolerates a more concentrated
(and more supersaturated) feed without fouling than MD or RO. Error bars represent the range between
the lowest concentration that caused fouling and the highest concentration that did not.
this experimental apparatus with its particular channel dimensions. However, these results
allow us to discuss the relative performance of these three processes when desalinating
supersaturated feeds.
Figure 6 shows that FO tolerated a significantly higher calcium sulfate concentration
and gypsum SI both in the feed and at the membrane than either RO or MD. MD tolerated
a slightly higher feed concentration than RO, perhaps due to the lessened concentration
polarization at higher temperature, but the maximum concentration at the membrane was
roughly the same between these two systems. Because the saturation concentration of
gypsum is not strongly dependent on temperature in the 20–60 ◦C range [35], saturation
indices (shown in Fig. 6b) show the same trend as concentrations (Fig. 6a). Notably, all
three systems were able to tolerate a somewhat supersaturated feed (SI>0) for 36 h without
scaling.
Differences in supersaturation tolerance between systems shown in Fig. 6 may be ex-
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plained by the differences in membrane chemistry between FO, RO, and MD systems as
well as the effect of temperature on nucleation induction time, as discussed in Sec. 2. Based
on surface chemistry alone, FO and MD would be expected to have better inorganic fouling
resistance than RO (see Sec. 2.1 and Refs. [20, 22]). However, the high temperature of the
MD feed reduces the nucleation induction time for a given supersaturation, significantly
reducing the SI at which fouling occurs (see Sec. 2.3 and Ref. [21]). MD’s high temperature
does reduce concentration polarization, allowing MD to tolerate a slightly more supersatu-
rated feed than RO, even though the tolerance of each to supersaturation at the membrane
is approximately equal. Overall, favorable surface chemistry and low-temperature operation
give FO a significant advantage in gypsum scaling resistance relative to both RO and MD.
The effect of fouling on flux is an important aspect of the fouling propensity of a mem-
brane process. Figure 7 highlights differences in fouling behavior between the three systems
by comparing the flux decline data shown in Figs. 3 through 5 at three calcium sulfate
concentrations. At 24 mM, only the RO membrane fouled. At 29 mM, both RO and MD
membranes fouled; although MD tolerated a higher feed concentration than RO without
fouling, the rate of flux decline at 29 mM was much greater in MD than in RO. At 36 mM,
both FO and MD membranes fouled9, but the rate of flux decline was significantly higher in
MD than in FO. The high rate of the MD system’s flux decline after the onset of inorganic
fouling should be taken in to consideration when choosing a desalination process to treat
supersaturated water sources.
Disparities in flux decline rate after fouling between MD and the osmotic membrane
systems can be attributed to differences in operating temperature and fouling mechanisms, as
previously discussed in Sec. 2. In contrast to multi-stage flash (MSF) distillation and multi-
effect distillation (MED), which minimize scaling by separating the evaporating interface
from solid surfaces by means of a spray and a falling film, respectively, MD places the
9RO was not tested at 36 mM because it began fouling at a much lower concentration of 24 mM.
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Figure 7: Comparison of flux decline behavior between different processes at three calcium sulfate feed
concentrations. Initial flux was 19.5±0.7 LMH.
evaporating interface in direct contact with the most sensitive part of the membrane, the
pore. Scale formation at the pore entrance is therefore likely. The effect of scale formation
at the MD pore entrance may also differ from the effect of scale on top of an RO or FO
membrane due to the different water transport mechanisms of these processes (see Sec. 2.4):
in MD, a small volume of scale inside the pore may significantly inhibit vapor flow. The
faster crystallization kinetics at high temperature (see, e.g., [36]) may also contribute to the
rapid flux decline of scaled MD membranes (see Sec. 2.3).
The low rate of fouling-induced flux decline in FO—particularly in comparison to RO,
which is also a dense membrane at low temperature—appears to be primarily related to
the FO membrane’s scaling-resistant surface chemistry. The rate of flux decline in FO
at 36 mM CaSO4 (Fig. 7c) is lower than in RO at 29 mM (Fig. 7b), even though the
foulant concentration in the FO trial is higher. FO and RO do differ in their response to
the accumulation of equivalent foulant layers [18] due to different levels of membrane mass
transfer resistance (see Sec. 2.4), but the stark difference in flux decline rate is well beyond
what can be explained by the ICP self-compensation effect. However, slow flux decline might
be explained by the CTA FO membrane material’s resistance to crystal nucleation, which
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Figure 8: Comparison of (a) flux decline and (b) foulant accumulation in RO, FO, and MD due to alginate
fouling in the presence of calcium (1 mM CaCl2) with 50 mM NaCl. Initial flux was 17.7±1.0 LMH.
Exponential fits (Eq. 14) are included in (a). In (b), “gel” refers to the mass of gel accumulated on the
membrane and “dry” refers to the mass of that gel after air drying. Error bars are based on 10% uncertainty
in mass and 5% uncertainty in area.
was demonstrated by Mi and Elimelech [20] and discussed in Sec. 2.1. The crystallization-
resistant FO membrane surface may reduce the area fraction of crystal–membrane contact
when scaling does occur, keeping more of the membrane surface active and perhaps even
enhancing removal of loosely-attached crystals through shear-induced diffusion or inertial
lift (see, e.g., [59]).
4.2. Organic fouling
Measurements of the flux decline resulting from alginate fouling in RO, FO, and MD are
presented in Fig. 8a. Exponential fits of flux decline follow Eq. 14 and the constants C0 and
τ in Table 2:
J∗ = 1− C0
[
1− exp
(−t
τ
)]
(14)
J∗ is the ratio of flux to initial flux. The exponential shape of the flux decline fit is derived
from a deposition-minus-removal model of heat exchanger fouling that has been applied to
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Table 2: Fitted constants for Eq. 14
Process Final flux loss, C0 Time constant, τ [s]
RO 0.46 12600
FO 0.48 1800
MD 0.14 4500
fouling in reverse osmosis [60]; validation of this model for fouling in FO and MD are not
known to the authors, but the agreement with the shape of the experimental flux decline
curves is relatively good.
Figure 8a and Table 2 show that the three systems foul with different time constants
and approach different normalized fluxes. Although the initial rate of flux decline is fairly
similar between all three systems, MD quickly reaches an asymptotic flux of 14.5 LMH,
whereas RO and FO have longer time constants and end at similar fluxes of 9.2 LMH and
9.9 LMH, respectively. The slower flux decline of RO relative to FO is expected based
on FO’s ICP self-compensation effect (see Sec. 2.4 and Refs. [18, 19, 42]). The comparable
asymptotic flux of RO and FO is expected given the identical feed composition, temperature,
and hydrodynamic conditions, according to the critical flux model [61], and the insensitivity
of alginate fouling to operating pressure (see Sec. 2.2 and Ref. [33]).
The significant increase in asymptotic flux in MD relative to RO and FO trials with the
same feed composition (and thus the same foulant advection rate at a given flux) implies a
larger foulant removal rate in MD. Given the small size of organic macromolecules such as
alginate (on the scale of nm [59]), Brownian diffusion is likely to be the dominant removal
mechanism [59]. Using the Stokes-Einstein equation and the temperature dependence of the
viscosity of pure water, the diffusion coefficient of alginate can be estimated to increase by
a factor of 2.1 between 25 ◦C and 58.5 ◦C, which are the temperatures in the feed close
to the membrane in FO/RO and MD, respectively. According to Ref. [59], this difference
in diffusion coefficient should lead to an increase in Brownian diffusion rate by a factor of
1.75 between 25 ◦C and 58.5 ◦C, assuming constant alginate concentration in the gelled
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foulant layer. This estimate corresponds to an increase in asymptotic flux from 9.2 LMH
(measured in RO) to 16.0 LMH, which is close to the 14.5 LMH asymptotic flux measured
in MD. Therefore, the higher asymptotic flux in MD can be attributed, at least in part, to
the higher diffusion coefficient of alginate at elevated temperature.
Figure 8b shows the mass of alginate gel deposited on the membranes as well as the
dry mass of that gel measured after several weeks of air drying. The dry mass of the gel
collected in the FO trial was greater than that of the RO trial, as would be expected given
its slower flux decline and higher average flux, which brings more alginate to the membrane
[18]. In contrast, the measured mass of gel on the FO membrane was the smallest of the
three membranes.10 The quantity of foulant accumulation (both as gel and dry mass) was
almost as high in MD as in RO, despite the high asymptotic flux of MD. Accumulated
alginate gel does not affect water flux as much in MD as in RO or FO because of the limited
effect of hydraulic pressure drop through the foulant on vapor pressure, as shown in Eq.
2 (see Sec. 2.4). However, the cake thickness in the MD trial (estimated from gel mass,
assuming density equal to that of water) was comparable to the thermal boundary layer
thickness (estimated using Eq. 9), and so cake-enhanced temperature polarization [62, 63]
would be expected to contribute significantly to the flux decline in MD.
5. Discussion
The CTA FO membrane used in this study showed significant resistance to calcium
sulfate scaling relative to the RO and MD processes, highlighting the utility of the CTA
FO membrane in circumstances where scaling resistance is critical. Calcium sulfate is a
potential foulant in groundwater desalination [64] and municipal wastewater reuse [65], and
FO could be used to recover additional water from supersaturated concentrate streams from
10The employed method of measuring gel accumulation may not be very accurate in the FO process, as
the time spent blotting the foulant may possibly allow the draw solution contained in the support layer to
pull water from the gel by osmosis.
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groundwater or wastewater RO plants. The CTA FO membrane’s resistance to calcium
sulfate scaling may or may not extend to other common inorganic foulants, such as calcium
carbonate, and other FO membrane materials. Future studies should compare multiple
FO membrane materials using several common scalants. Future studies should additionally
include pre- and post-fouling contact angle measurements and SEM imaging to enhance
understanding of fouling resistance mechanisms. Although the low pressure of FO does not
affect its resistance to scaling (see Sec. 2.2), FO is often operated at a lower flux than RO,
which is advantageous because it reduces concentration polarization and thus lowers the
saturation index of scalants at the membrane.
Of the three processes tested, MD showed the greatest resistance to organic fouling.
Although alginate was the only organic foulant tested in this study, MD mitigates organic
fouling in ways that can be generalized to other organic foulants. First, the high operating
temperature of MD raises the diffusion coefficient of foulants, augmenting transport away
from the membrane and raising the critical flux, and second, the hydraulic resistance of a
foulant layer in MD has a negligible affect on flux. MD’s organic fouling resistance makes it
advantageous for the concentration of foods and beverages, which have high concentrations
of organics. However, the observed rapid flux decline of MD membranes after the onset of
scaling demonstrates that MD should be used with caution in water sources that are prone
to both organic and inorganic fouling, such as municipal wastewater [65]. Furthermore,
the decline in solubility of calcium sulfate (as anhydrite [53]) with temperature should be
considered when operating MD at high feed temperatures above 70 ◦C.
These results provide insight into differences in fouling and scaling behavior of RO, FO,
and MD, but their applicability to real systems is somewhat limited because they are derived
from small-scale, short-duration experiments with idealized feed solutions. Real feed waters
often contain a mix of organic, inorganic, and microbial foulants (see, e.g., Ref. [65]), leading
to more complex fouling phenomena than were observed in this study. Given that no one
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membrane process was found to perform especially well with both organic and inorganic
foulants, it would be difficult to determine from these results which process would perform
best with a given complex feedwater. Future larger-scale, longer-duration studies comparing
the fouling behavior of different desalination systems treating real feedwaters would improve
understanding of how these processes perform with important water sources such as seawater
and municipal wastewater.
Fouling reversibility in response to cleaning is an important aspect of fouling resistance
that was not addressed in the present study. As discussed in Secs. 2.1 and 2.2, both organic
and inorganic foulants have been previously shown to be easier to remove in FO than in RO.
However, we are not aware of any direct experimental comparisons of fouling removal in MD
versus RO or FO. Future research in this area will help guide desalination process choice for
high-fouling applications. Furthermore, isolation of factors affecting fouling reversibility in
one process may reveal insights that enable more effective cleaning in other processes.
When choosing a separation process, fouling resistance should be weighed against energy
consumption. Although FO and MD each showed enhanced resistance to one type of fouling
relative to RO, both processes generally require more energy than RO to desalinate a wide
range of feedwaters [4, 5, 6, 7]. In applications where the feed osmotic pressure is too high
for conventional RO,11 such as desalination of produced water from hydraulic fracturing [4],
the scaling resistance of FO or the organic fouling resistance of MD may influence process
choice. FO and MD may also be used for feeds that are prone to such severe inorganic
or organic fouling, respectively, that higher fouling resistance is worth the price of higher
energy consumption.
11Although it is not conventional to desalinate highly-concentrated feeds with RO, high-pressure RO [58]
and osmotically assisted RO [66] can be used.
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6. Conclusions
The fouling propensity of RO, FO, and MD were compared using a single membrane mod-
ule to simulate each type of desalination under identical hydrodynamic conditions. When
filtering solutions containing sodium alginate, MD membranes exhibited significantly less
flux decline (14%) than RO or FO membranes (46% and 47%, respectively) due to the in-
crease in solute diffusion coefficients with temperature. When calcium sulfate solutions were
used, all three systems operated under somewhat supersaturated conditions for 36 hours
without scaling. Scaling began to occur at significantly higher concentrations in FO (46–58
mM at the membrane) than in RO or MD (35–38 mM in RO and 33–38 mM in MD), which
may be explained by the low surface energy of CTA membranes and effect of temperature
on crystallization kinetics. When gypsum scaling did occur, it triggered a much more rapid
flux decline in MD than in RO or FO.
Relative to RO, both FO and MD exhibited a significant advantage in fouling resistance
when exposed to a particular type of foulant: MD performed very well with alginate, which
is indicative of organic fouling resistance, while the CTA FO membrane tolerated a signif-
icantly supersaturated calcium sulfate solution without scaling. However, no one system
performed particularly well with both organic and inorganic foulants. Although most water
and wastewater streams are complex and desalination systems must be able to tolerate a
range of potential foulants, the observed differences in fouling behavior should be considered
when choosing desalination processes for specific applications.
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Appendix A. Experimental conditions
Tables A.3 and A.4 contain the experimental conditions of all scaling and organic foul-
ing trials, respectively. Operating conditions (e.g., temperature) refer to the bulk feed at
the module outlet. Operating pressure (reported as gauge pressure) varied between RO ex-
periments because of differences in membrane permeability between two sheets ordered on
different dates. Pressure in FO and MD experiments is reported as 0 bar because the needle
did not move from the zero position on the pressure gauge in these trials; however, pressures
below approximately 0.25 bar were not readable using the 0–100 bar analog pressure gauge.
Initial flux was reported after cross-flow velocity was adjusted to 5 cm/s and before fouling
began. Although not included in Table A.4, the feed solution in all organic fouling trials
contained 200 mg/L sodium alginate, 1 mM CaCL2, and 50 mM NaCl.
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Table A.3: Inorganic fouling experimental conditions
System [CaSO4]bulk (mM) Temp. (
◦C) Pressure (bar) Initial flux (LMH) Fouled?
RO 15.2 20 13.75 19.4 No
RO 19.3 20 13.75 19.7 No
RO 21.6 20 13.75 19.7 No
RO 23.7 20 23 19.7 Yes
RO 29.3 20 27.5 19.3 Yes
FO 23.7 20 0 20.2 No
FO 29.3 20 0 19.0 No
FO 36.3 20 0 19.4 Yes
FO 43.5 20 0 18.7 Yes
MD 23.7 60 0 19.0 No
MD 26.5 60 0 16.3 No
MD 29.3 60 0 18.9 Yes
MD 36.3 60 0 20.2 Yes
Table A.4: Organic fouling experimental conditions.
System Temp. (◦C) Pressure (bar) Initial flux (LMH)
RO 25 16.25 17.1
FO 25 0 18.7
MD 60 0 16.8
43
